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Abstract-A physically based model is proposed for heat transfer to immersed surfaces in large particle
fluidized beds. 'Large' part iclesare distinguishedas those with thermal time constants substantially greater
than their residencetime at a heat tran sfersurface. At typical fluidized bed combustor operating conditions,
particles 1mmorlarger are 'large'. Conduction through the gasnear points ofsolidcontact and convectionby
the interst itial gas flowboth contribute to heat transferduring emulsion(or dense phase)contact. As particle
sizeincreases the heat transfer bygas convection provides a greater share of the heat transfer. It isshown that
the gas convectivecomponent in fluidizedbed heat transfer is not simply related to overallgas convectionin a
packed or quiescentlyfluidized bed, The model is shown to provide good agreement with data from several

sources.

I'\Ol\lEI'\CLATURE

c specific heat of gas
c. specific heat of particle
dp particle diameter
fo fraction of time voids reside at surface
11 heal transfer coefficient
1Ib heat transfer coefficient under bubble

or void
1Ieond uet ion heat transfer coefficient by conduction

in region near contact point
1Ie heat transfer coefficient under

emulsion
k thermal conductivity of particle
k, effective thermal conductivity of

emulsion
k

K
thermal conductivity of gas

10 length in flow direction for estimate of
convection near point of contact

qeonduet ion rate of heat transfer by conduction in
region near contact point

t, mean residence time of particle at
surface

Tn bulk bed temperature
1) intermediate temperature at interface
T; wall or surface temperature
U superficial velocity of gas
Un bubble rise velocity
Uml minimum fluidiz ation velocity
Vo effective mean velocity in convection

estimate
\vo mean spacing used in estimate of

convection near contact point
y local normal distance from heat

transfer surface to particle surface

Greek symbols
b bubble voidage
Emr voidage at minimum fluidization

* Present address: Dept. of Mechanical Engineering,
University of Minnesota, III Church Street .S.E.,
Minneapolis, MN 55455,U.S.A.

v gas kinematic viscosity
p gas density
P. particle density
r thermal time constant of particle at

surface
t/J angular dimension of region

considered in convection est imate

Non-dimensional
Ar Archimedes number, gd~(p.- p)/pv 2

Bi Biot modulus, 1IdJ2k
Nil Nusselt number, 1IdJkg

Pr Prandtl number,vpc/kg

Re Reynolds number, Udp/v

I. 1i\'TRODUCTlO:'"

THERE has been an increased interest in the behavior of
fluidized beds made up of large particles for
applications such as fluidized bed combustors.
However, most of the published work on heat transfer
to surfaces immersed in fluidized beds has dealt with
beds of small particles. Attempts to extrapolate results
derived for small particles to large particles have been
unsatisfactory. In many instances the heat transfer
behavior ofsmall and large particles are contradictory.
For example, the heat transfer coefficient 11, decreases
rapidly as the average diameter of small particle
systems is increased. On the other hand, with large
particle systems Iz has been observed, in some instances,
to increase with particle diameter. Heat transfer in
small particle systems is unaffected by changes in the
pressure level, whereas Iz increases rapidly as the
pressure level is raised in beds with large particles.

The differences in the observed trends stem from the
existence of more than a single mechanism of heat
transfer. In addition, th ere is a shift of dominance from
one mechanism to another as solid properties a nd
fluidizing conditions are altered. Physically based
models with clearly defined limits of applicability are
required for the proper interpretation of experimental
results and the prediction of situations yet untested.
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A physical model of heat transfer for large particles is
presented here. The principle mechanisms are
describ ed along with a consideration of the conditions
under which each mechanism is important. This will
lead to a simplified prediction of the heat transfer in
large particle fluidized beds.

2. LARGE PARTICLES

Thestudyofheat transfer in largeparticle beds will be
facilitated by an estimation of the thermal time
constant, " of an individual particle immediately
adjacent to the heat transfer surface. To establish an
estimate for. wemust anticipate results to be presented
later. Consider the first layer of particles at the surface.
At ambient temperatures, the primary mechanism for
heat transfer with the wall is conduction through the
gas. Based on a detailed model of the particle-to-surface
bubble frequenciesare 1Hz or greater [2] in an open bed
will be 1/24 of the particle diameter or larger [1]. The
average heat transfer coefficient between the particle
and the wall is 24 kJdp• The Biot modulus becomes

. k
HI = 12 ;. (1)

For limestone particles in air Hi is approximately
0.25, for metal particles in air Hi is still smaller.

A small value of Hi, which relates gas film resistance
to the conduction resistance through the particle
indicates that on the average, the temperature
difference within the particle is negligible compared to
that between the particle and the heat tran sfer surface.
The particle can be assumed to be at a uniform
temp erature and the thermal time constant can be
estimated as

1 p.c.d;
r ~ 36-k-. (2)

g

The value of r is based on the lower limit of the
conduction path, dp/24; thus it represents a lower limit
on the thermal time constant. The value of, isshown in
Fig. 1for three values of p.cJkg ranging from limestone
fluidized in ambient air to limestone fluidized at a film
temperature of 1000'F.

The criterion for 'large particles' as used in this work
is that the particle thermal time constant is much larger
than the particle residence time. Typically, measured
bubble frequenciesare 1Hzor greater [2] in an open bed
even for sup erficial velocities close to the minimum
fluidization velocity. Similar values of bubble or
replacement frequency have been measured near tubes
[3, 4]. Thus, when a freely bubbling bed contains
particles 1 mm in diameter or larger, the thermal time
constant of the particles is much larger than the
replacement time. The average temperature of the
particles does not change appreciably and the thermal
inter action is confined to the region between the heat
transfer surface and the first layer of particles .The heat
transfer between individual particles, the wall, and the
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FIG. I. Variation of particle thermal time constant with
particle diameter.

flowing gas in this region controls the overall surface
heat transfer coefficient. Since the large particles do not
change temperature significantly when they are at the
wall, the exact value of the particle residence time is not
required in the prediction of the heat transfer
coefficient. This is in contrast with models for smaller
particles such as that of Chandran [5J which require an
explicit value of the residence time.

3. OVER ALL HEAT TRAl'OSFER l\IODEL

Consider a surface immersed in a well-fluidized bed
oflarge particles. At any time a portion of the surface is
covered with particles, the balance of the surface is
covered with gas voids. The temperature of the large
particles can be taken equal to the bulk bed
temperature. The average heat transfer over the ent ire
surface is the sum of the heat transfer from the particles
to the surface and the heat transfer from the gas voids to
the surface weighted by the appropriate factors to
account for the fraction of the surface covered by
particles and voids, respectively [6]. At low
temperatures, the particle heat transfer will consist of
two effects: the conduction heat transfer near the point
of contact between particles and surface and
convection augmentation due to lateral mixing of the
gas in the large voids between individual particles in the
emulsion. At elevated temperatures effectsof radiation
must also be included. Each of these effects will be
considered separately. Bycombining them together an
overall prediction for large particle fluidized beds can
be achieved.
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This value applies to particles with sphericity near

found that their numerical estimates for the local heat
flux considerably exceeded experimentally observed
values. Both resorted to separating the particles from
the wall by a fraction of the particle diameter to match
experimental data, although Gabor [9] doubted the
existence of such a separating layer of gas.

H is likely that many particles do touch the wall.
However, to properly account for heat transfer near the
contact point, a more realistic representation of the
surface geometry is required. Near the contact region,
the surface microstructure must be considered.Surfaces
have micro scopic roughness elements and there arc
relatively few actual solid-to-solid contact points when
surfaces are brought together at low cont act pressures
typical of fluidized beds. Furthermore the roughness
dimensions are typically much larger than the mean free
path ofgas molecules, thus ruling out the latter effectas
a primary influence on the singularity near the contact
point. .

The analysis ofthe heat transfer in the contact region
is dealt with in detail in a recent paper by the present
authors [1]. It is shown that the overall particle-to-wall
conduction is a moderate function of the surface
roughness and a weak function of solid conductivity
even for materials with very high conductivity, such as
copper or aluminum. Figure 2 summarizes the results.
The exact prediction of conduction requires detailed
knowledge of particle and surface roughness geometry
and particle arrangement at the wall. Given the limits
on roughness for typical surfaces ranging from 10- 2 to
10-4 mm an average value can be taken as

4. coxoucnox HEAT TRAt"SFER BETWEEl"

I'ARTICLE Al"D HEAT TRAl"SFER SURFACE

Conduction heat transfer will be concentrated in the
regions where the separation betwe en the particle and
wall is small , i.e. near the point of contact. Consider the
heat transfer between a single particle and the wall at
temperatures TB and T; respectively. Idealizing the
particle as spherical and the wall planar, then the
conduction through the gas layer separating them can
be expressed as

f
dP/ 2 k

q cood ucl lon = 0 }: (TIl - Tw)2nr dr (3)

where y is the local distance between the wall and the
particle surface. We have assumed that the heat flow
vectoris always perpendicular to the wall. Ifthe particle
touches the wall for the idealized geometry of a sphere
in point contact with a plane, the integral in equation
(3), taken over the entire particle projected area, yields a
singularity. Actually this singularity docs not develop
except for an infinitesimal period, after which the local
temperature difference has been reduced. Schl iinder [7]
has argued that the region of gas within a small finite
radius of the contact point has a conduction length y
less than themean freepathofthegas molecules. Within
this small neighborhood of the contact point the local
gas conduction is reduced, eliminating the singularity.
Heat transfer by solid-to-solid contact, however, is
assumed negligible in his theory.

In two other investigations [8,9] numerical methoJs
have been employed to determine the temperature
distribution within a particle as a function of time
during the particle's residence at a surface of different
temperature. Each modelled the contact point as a
contact between a perfect sphere and a plane, and each

12k
hoondu cl lon = y .

p

(4)
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unity. For irregular shaped particles the value of
conduction resistances should be approximately
halved. Recently, Gloski [10] has carried out
measurements of the thermal resistance between a heat
transfer surface and adjacent particles for both packed
and fluidized beds. His results confirm the conclusions
of ref. [1].

5. CONVECTIVE HEAT TRA!'\SFER BETWEEN

PARTICLES A!'\D HEAT TRA!'\SFER SURFACE

Convective heat transfer in packed beds
The model for the particle-to-wall heat transfer takes

the particles as stationary until displaced by a bubble.
Since the particles are near the wall or touch it, their
mobility is limited. Thus a packed bed model would
apply although detailed analysis requires a close
knowledge of the particle packing arrangement and
voidage. At high Reynolds numbers in packed beds it
has been found that the conduction heat transfer from
the wall to the first row of particles is augmented by
convection set up by lateral mixing of the gas.

A simple order of magnitude calculation can be used
to establish the limit of the influence of gas convection
in the region near the point of contact between the
particle and the wall.Asillustrated in Fig.3,the gas flow
near the contact point is modelled as flow between
parallel plates oflength 10 separated by wo, with 10 and
Wo dependent upon particle diameter and the angular
length in the flowdirection of the region considered, ¢.
Spacing Wo has been chosen as an extreme rather than

dPdZ = psg (1-/;",,1)

FIG. 3. Geometry of contact point region for estimating local
convective effects: (a) pictorial view; (b) parallel plate model.

an average value of the particle-wall separation over
the region, thereby ensuring an upper limit for
convective effects. The pressure gradient imposed on
the model by the surroundings is taken as p,g (l-emr>.
Neglecting entrance effectsand variations in the lateral
direction, the model is equivalent to flow between
infinite parallel plates, and gas velocity Vo can be
calculated. With the wall at temperature T; and the
particle at temperature I;" the gas entering at
temperature Tn rapidly reaches a fully developed
temperature profile. The rate of energy transport
associated with the flux of gas through the channel,

[
(Tw+ J;,)J

pvowoc Tn - 2

can be compared with the conduction across the
channel with stagnant gas

kglo-(Tp-Tw) .
Wo

Even with this upper bound estimate of the gas
convection, it is found that for an included angle, 2¢, of
50° the conduction heat transfer through stagnant gas
is at least one order of magnitude greater than the gas
convection. Using the particle-to-surface conduction
model developed earlier [1], it is estimated that 75-85%
of the total conduction heat transfer takes place within
the included angle, 2¢, of50".Thus convective effectsdo
not have a first order effect on the conductive heat
transfer given by equation (4) and shown in Fig. 2. In
addition, in the larger voids between the particles where
lateral mixing takes place, direct particle-to-walI
conduction is negligible. Thus it follows that the two
phenomena, particle-to-surface conduction and lateral
mixing are essentially independent of each other and
their effecton overall heat transfer is additive since they
act independently and in parallel. (It should be noted
that this is strictly true only for particles touching, or
very nearly touching, the wall: packing irregularities
may hold some particles at an intermediate distance
from the surface for which the conduction and lateral
mixing may be interdependent.)

A number of investigators ha vemeasured the overall
wall resistance for packed beds. Figure 4shows the data
of three investigators replotted to show only the
convective component assuming that the convection
and conduction effectsact in parallel. The techniques of
Yagi and Wakao [11], and Plautz and Johnstone [12]
did not allow tests to be run at zero flow, thus the
convection component must be found by extrapo­
lation. At progressively higher Reynolds numbers, any
error due to this extrapolation will become minimal.
For Reynolds numbers less than 2000 the form of the
correlation suggested by Yagi and Kunii [13] can be
used to represent all of the data,

(NII)conv = 0.05 RePr, Re ~ 2000. (5)

From his experimental results, Baskakov [14]
correlated the convective augmentation as

(NII)conv = 0.009Ar 1
/
2 Pr1

/
3

• (6)
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The difference between equations (5) and (6) is 16% or
less for Re between 200 and 2500. At higher Reynolds
numbers, results for turbulent flow through packed
beds and channels indicate that the power of the
Reynolds number should be reduced. The higher
Reynolds number results of Plautz and Johnstone on
Fig. 4 suggest the following correlation:

(NII)conv = 0.18 Reo.s Pr1/3, Re> 2000. (7)

Since all of the gases used had values of Pr near unity,
the exact influence of the Prandtl number cannot be
confidently set.

Adams and Welty [15] have developed a model for
the convective augmentation for particles with
diameters of2 mm or greater at gas velocities near the
minimum fluidizing velocity. At present the model
cannot be generalized since it requires as input the
specification of the interstitial turbulence intensity
level, the voidage distribution and the particle spacing
near the heat transfer surface.

6. RELATIOl'i'SIIIP BETWEEN PACKED

Al'i'D FLUIDIZED BEDS

The heat transfer coefficient given by equations (5)
and (7) represents the convective heat transfer between
packed bed particles adjacent to the wall and the wall
itself. It is caused by the motion set up as the fluid flows
over and between the particles. If the particle packing

next to the wall for a dense phase of a fluidized bed is
similar to the packed bed the convective heat transfer
coefficient at the wall should be similar. To clarify this
point it is important to understand the relationship
between heat transfer in a packed bed and heat transfer
in a fluidized bed. Consider the case oflarge particles in
a fluidized bed with good particle mixing so that the
particle residence time is much less than the particle
thermal time constant. The conditions in the fluidized
bed are shown on the top of Fig. 5.All ofthe particles in
the bed including those adjacent to the heat transfer
surface remain at Tn, the bed temperature. The sole
resistance to the heat transfer occurs at the interface
between the wall and the first row of particles. The
electrical analogy of the heat transfer in the fluidized
bed is also shown. The heat transfer is made up of
conduction and convection acting in parallel at the
interface.

For the packed bed with gas entering the bottom of
the bed at Tnand a heat transfer surface at Tw ' a diagram
of the heat transfer process is shown on the bottom of
Fig. 5.As the gas flows over the surface, it iscooled and a
region of reduced gas temperature (for Tn > Tw)

develops analogous to a thermal boundary layer for a
single phase heat transfer. As such, the boundary layer
represents a resistance to heat transfer between the
particles adjacent to the heat transfer surface and the
bed at Ta. Due to the boundary layer resistance, the
particles adjacent to the surface are at 'Ii, an
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FIG. 5. Comparison of heat transfer mechanisms: fluidized bed of large particles and packed bed.

intermediate temperature between T; and TH• There
still is a heat transfer resistance at the interface between
the particles at 7jand the surface. The electrical analogy
to the packed bed case is shown in Fig. 5.There are now
two thermal resistances in series, the interface and the
boundary layer resistances. If the conditions of the
particles at the wall are identical for the fluidized and
packed bed (e.g. particle packing geometry, particle
shape, superficial gas velocity), the interface resistance
will be the same. However, the overall heat transfer will
be reduced for the packed bed due to the additional
resistance of the thermal boundary layer.

At the minimum fluidization conditions in which
bubbles are not present to replace particles at the
surface, a packed bed analysis still applies. Thus, the
overall heat transfer coefficient for a bed at minimum
fluidization cannot be directly related to heat transfer in
a vigorously bubbling bed. The heat transfer coefficient
at minimum fluidization is decreased due to the added
resistance of the thermal boundary layer which is not
present in a bubbling bed. The thermal boundary layer
resistance will vary with the geometry of the heat
transfer surface, especially the vertical length as well as
other factors which may be unimportant for heat
transfer in a vigorously fluidized bed.

It can be seen in Fig. 4 that the convective heat
transfer coefficient at the wall is approximately the
same for several experiments with different packed bed

geometries. In addition, fluidized beds with large
particles, where the interface resistance is dominated by
convection, show no sudden change in the overall heat
transfer coefficient between packed and minimally
fluidized states. It follows that convection heat transfer
at the wall is not significantly influenced by changes in
particle geometry and changes from the packed to
fluidized state. Thus, for the emulsion phase of a
fluidized bed the convective heat transfer at the wall
should be the same as that for a packed bed and
equations (5) and (7) apply for fluidized beds.

On the other hand, in packed bed experiments the
conductive heat transfer coefficient between the wall
and first row of particles tended to vary widely with
particle sizeand bed geometry [11-13]. The cond ucti ve
component is sensitive to local packing and one cannot
confidently extend the similarity between packed and
fluidized beds to the conductive component at the wall.

In the packed bed experiments the Reynolds number
for convection is based on the superficial velocity
through the bed. For a fluidized bed at minimum
fluidization, the minimum fluidization velocity, Umr,

should be used in the Reynolds number given in
equations (5)and (7).Contact between emulsion phase
particles and the heat transfer surface should constrain
particles adjacent to the surface until they are displaced
by the action of a bubble. As the superficial velocity is
increased above the Umr, and the bubble voidage
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increases, the gas flowassociated with the emulsion can
increase, e.g. in the emulsion phase ncar a void. The
average superficial velocity in the emulsion phase ofa 3­
dim. bed with stationary bubbles becomes [16]

The velocity given by equation (8) will be used in the
Reynolds number in equations (5)and (7).We will also
assume that the local bubble voidage near the heat
transfer surface is the same magnitude as the average
bubble voidage in the bed. The present model should
apply to the turbulent flow regime since there still are
numerous particle contacts with the wall. In this case,
where the gas phase is more likely to be the continuous
phase, the superficial velocity should be used in the
expression for the Reynolds number. In other words,
while the particle is at the wall the slip velocity is
assumed to be the superficial velocity.

The overall heat transfer rate between the emulsion
and the wall for large particles is the sum of the
conductive and convective components. Thus, the
emulsion phase heat transfer becomes, for Reynolds
number less than 2000,

(/k/~P ) = 12+0.05(1+20) U~r dpPr. (9)
g Emulsion l.:

This holds for fluidized beds of 'large' particles in
which the particle residence time at a heat transfer
surface is less than the particle thermal time constant.
For irregular shaped particles with sphericity much less
than unity, it is estimated that the conduction constant,
the first term on the RHS of equation (9) should be
halved from 12 to approximately 6.

U = (1+20)Umf' (8)

solution for this case differs from equation (11) by 10%
at most. Thus equation (11) can be used for both
regions. At the top of a horizontal tube a partially
stagnant layer of particles often forms. If the residence
time of this layer is larger than the thermal time
constant of the particles, the present results will
overestimate the heat transfer.

8. OVERALL HEAT TRAl"SFER

To obtain an overall heat transfer coefficient for large
particle fluidized beds, the expressions for each region
must be combined. The overall heat transfer can be
expressed as,

[
hdp] _ (~ [hdp] ~ [hdp] (12)- - u) - +(1-u) - .
kg cveran kg ...oid kg emulsion

For Reynolds numbers less than 2000 with spherical
particles this can be replaced by

[
hdp] = 0 [help]
kg overall kg mid

+(1-0>[12+0.05(1 +20) Um;.el
p

prJ (13)

For a horizontal tube with a bubble fraction, or 0,of
0.3 or lessover the tube circumference, the contribution
of the bubble phase heat transfer for particles smaller
than 4 mm is less than 15% of the total heat transfer at
atmospheric pressure. Note that the present expres­
sions hold for heat transfer surfaces ofvarious shapes as
long as the particles can be considered 'large' as defined
here.

7. HEAT TRAl"SFER FRO"t BUBBLES TO WALL

When the surface is covered by a bubble or void, gas
flows through the bubble and single phase convective
heat transfer occurs. In bubbly flow the gas velocity
through a bubble in the middle of the bed is 3Umr.

The bubble rise velocity can be found from the two­
phase hypothesis

(10)

The gas phase convection associated with the bubble
may be estimated using the Pohlhausen solution for
heat transfer in a laminar boundary layer on a flat plate
[17],

(h~p) . = 0.664 [(Ub+ 3,Umf)dp]O.~ PrO. 3 3 (dp)O.~.
kg veld ~ L

(11)

To be conservative, for horizontal tubes L, the average
bubble length, will be taken as one-quarter of the tube
circumference.

For horizontal tubes, there is a defluidized region at
the bottom; the heat transfer should be similar to single
phase flow near the stagnation point of a cylinder. The

1lMT26'9-D

9. RADIATIO:-: HEAT TRAl"SFER

For a large particle fluidized bed, radiation can be
handled in a very straightforward fashion. Since the
particles adjacent to the tube surface are at
approximately Ta, radiation acts independently of
conduction and convection. The radiative heat transfer
is simply that between two isothermal parallel planes at
Twand TD and the radiative flux can be added to that
calculated for conduction and convection. However,
the effective emissivity of the particles is larger than
their surface emissivity due to the re-entrant geometry
between particles.

This simplification does not apply to smaller particle
fluidized bed heat transfer since the particles in radiant
communication with the surface are those near the
surface and their temperature is significantly reduced
during their residence period. The radiant cooling of
the particles reduces the conductive and convective flux
and vice versa. Radiation is not simply additive to the
other modes of heat exchange for small particles. Again,
the large particle criterion can be used to determine
when the simplified form of the radiative flux is
appropriate.
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10. PREDICTED TRENDS

The model of the heat transfer developed in previous
sections of the paper can be used to predict the influence
of each of the important variables. This is shown in Fig.
6 using the heat transfer coefficient divided by the
fraction of surface covered by emulsion. For relatively
small particles li is inversely proportional to dp • For
larger particles, convective mixing becomes important
to the point where h increases with dp• The convective
effect is also responsible for the increase in hat elevated
pressure with large particles. As the bed temperature is
raised, radiation becomes important and the thermal
conductivity of the air increases. The results shown in
Fig. 6 should be used with care for particle diameters
less than 1mm since the particles are assumed to remain
at the bed temperature during their residence at the heat
transfer surface. This will require residence times less
than 1 s and very vigorously fluidized beds. Thus the
results represent an upper limit for the particle-to­
surface heat transfer. Effects of particle shape are also
included in the figure. This should primarily affect the
conduction contribution of the interface heat transfer.
At this time quantitative information covering this
effect is only approximate.

II. EXPERIMENTAL RESULTS

Instantaneous heat transfer coefficient
Instantaneous heat transfer data willprovide a good

means to evaluate the accuracy of the proposed large
particle model. The maximum and minimum values of
the instantaneous heat transfer coefficient at one
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location of the surface willcorrespond to conditions in
which the surface is covered by a group of particles and
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Catipovic [3] recently completed measurements of
instantaneous and time averaged heat transfer around
the circumference of horizontal tubes 5 em in diameter.
Very fast response heat transfer probes were used; even
for small particles the maximum measured heat transfer
coefficient should respond to the interfacial resistance
alone. Figure 7 shows a comparison of Catipovic's
maximum and minimum values with those values
predicted in the present work. Particles with a diameter
of2 mm and less had a sphericity of 0.85 and below and
will be considered irregular. Particles 2.85 mm and
larger in diameter had sphericity ofO.95 and above and
will be considered spherical.

The minimum instantaneous heat transfer coef­
ficients at the sides of the tubes, under bubbles, should
be very close to the value at the stagnation point. In the
experiments, minimum values remained approxi­
mately the same around the entire tube circumference
and agreed closely with the predicted values.

The maximum instantaneous values were found to
vary considerably around the circumference although
differences between single tubes and tube banks were
slight. Figure 7 shows both the maximum instan­
taneous values found on the tube and the circumferen­
tial average of the maximum values. Theoretical values
of the emulsion heat transfer coefficient are shown for a
bubble voidage of 0 and 0.25. The latter represents an
average of the maximum bubble voidage found in the
bed. The maximum values of heat transfer coefficient
data tend to follow a transition from the smooth to the

Standa rd cond itions

4>, = I

P, = 2.4 g cm3

""'f =0.45
T = 35°C
p = 1atm

SphericaL, p =10 atm
I

IrreguLar
ambient
cand itians

ParticLe diameter, d p (rnrn)

FIG.6. Heat transfer coefficient vs particle diameter, influence oftemperature level, pressure level, and particle
sphericity.
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FIG. 7. Maximum and minimum heat transfer coefficients, experimental data froin Catipovic [3].

irregular model as particle size is reduced and the
particle sphericity also is reduced .The result of 6.6mm
is an anomaly, probably due to the large ratio of the
particle to tube diameter, approximately one-eighth.

12. AVERAGE HEAT TRA/I;SFER COEFFICIE!'I"S

Results for time averaged and surface averaged heat
tran sfer coefficients for large particles have been
measured by several investigators for horizontal tubes.
To compare the propo sed model to the measurements,
the voidage, (j, must be kno wn. It will be assum ed that
the voidage ncar the tubes is equal to the average bed
voidage.

Figures 8 and 9 illustrate the comparison of the
predicted overall heat transfer coefficients and the
overall values measured by Catipovic. These com­
parisons aremade only for that heat transfer data which
was accompanied by data of bubble fraction /5.
Catipovic also measured the emulsion contact time
fraction at his heated tube surface, which may be
regarded as more representative of local voidage
cond itions at the surface. This quantity, unfortunately,
is difficult to measure and few oth er researchers have
pursued it.

For a given particle size, the average heat transfer
coefficient does not change appreciably over a wide
range of superficial velocities. The convective

~
300
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.; 200
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'0 -----.r:":.":.:.== Single t ube

Q; array
0
0

Single tube
~

Array

'" 100c
0
.;:J -- Data
..... --- Model0..
s: dp = 2 .85 mm..
'" I I
~.. 0 2 3 4 6
~

Super f icial veloc ity U (rn 5- 1)

FIG. 8. Average heat transfer coefficients ; experimental data of Catipo vic [3] comp ared with the model.
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FIG. 10. Effect of pressure on heat transfer coefficients of 650
Jim particles; data of Staub et al. [18).

~

OJ
D
E
::>
c

~
OJ

'"'"::>
Z

12

2

Data, Canada et al.

o I atm
" 5 atm
• \0 atm

I I I I I I

component of the cmulsicn heat transfer increases with
fJ, while the fraction of the surface covered by emulsion
decreases with fJ .These two trends tend to balance each
other. Figure 8 shows that the model overpred icts the
heat tran sfer coefficient of the 2.85 mm material by
about 30%. Figure 9shows an overprediction for thc4.0
mm material but a fairly close fit for the dat a of the 1.3
mm particles. Some of the disagreement may be due to
sta gnant particle s on top of the tubes which are not
explicitly accounted for in the model. Th e 2.85 and 4.0
mm dolomite particles had sphericiti es of 0.95 and 0.97,
respectively, and were considered smooth. The 1.3mm
quartz sand particle s, however, had a sphericity of 0.82
and were here assumed to be irregular. The conduction
Nusselt number for these rough particles was taken to
be 6.0 instead of 12. Despite the apparent error in
magnitude, the variation of the heat transfer coefficient
with superfici al velocity is closely followed by the
model. Figure 10 shows data taken by Staub et al. [18]
for 650 Jim spherical particles at pressures between 1

12,--------------------------.
6 50 J1.m

I atm

---------~6

8

10

::>
Z

2
Staub - ---
Cot i povic ---

I 1 I I

2 3 4 5 (; 7 8 9 10

U/Uml

O'--_ ---l__-.:.__~____:'_____'___..:....___.:.__ ._J

I

FIG. II. Average Nusselt number variation with superficial velocity; data of Staub et al. [18] compared with
four models : 650 JIm particles at 1 atm.
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FIG.12. Average Nusselt number variation with superficial velocity; data of Staub et a1. [18] compared with
four models: 650 pm particles at 10 atm.

and 10atm. The predicted values use the measured bed
expansion for the bubble fraction. The present model
represents an upper bound upon the heat transfer
coefficient. At low values of U/Umr the frequency of
particle replacement is not adequate for the particles at
the wall to remain isothermal. At higher values of
U/Umr, such a condition is met and agreement is very
good. Note the modest influence ofpressure levelon the
small particles.

------
20 - - -_ ------

2600 ~m
I atm

---

Figures 11 and 12 compare the model predictions
with data of Staub et al.for the 650 JIm glass at 1 and 10
atm., respectively. The present model is compared to
the correlation of Catipovic and the mixing length
model of Staub on Figs. 11 and 12. Since many of the
experimental results presented by Staub et al. were
reported to be in the turbulent flowregime, these figures
display the predictions of the model for both bubbling
and turbulent fluidization. The distinction made here is
that for turbulent fluidization, the superficial velocity is
used in estimating the gas convective component of the
emulsion phase heat transfer.
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FIG. 13. Average Nusselt number variation with superficial
velocity ;data of Staub et at.[18] compared with four models:

2600pm particles at I atm.

FIG. 14. Average Nusselt number variation with superficial
velocity; data of Staub et a1. [18] compared with four models:

2600JIm particles at 5 atm.
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FIG. 15. Average Nusselt number variation with superficial
velocity; data of Staub et al.[18] compared with four models:

260011m particles at 10 atm. 13. CO;,\CLUSIOi'iS

Anew physical model for large particle fluidized bed
heat transfer has been developed which gives good
agreement with local and average heat transfer results
of a number of investigators.

For large particles in a bubbling bed, the particles
adjacent to the heat transfer surface remain at the bulk
bed temperature and the frequency of particle
replacement does not influence the results.

For large particles, the heat transfer resistance is
concentrated in the interface between the surface and
the first row of particles. In the interface, heat transfer
by conduction, convection and radiation all act in
parallel. Conduction takes place through the gas film
near the contact point of the particle on the surface.The
convective heat transfer coefficient can be found from
the interfacial convective coefficient measured for
packed beds. At minimum fluidization of large
particles, the overall heat transfer coefficient is less than
the value for a bed at higher superficial velocities. The
decrease is due to the presence of an additional heat
transfer resistance of a thermal boundary layer which
extends into the bed beyond the particles adjacent to
the surface. When the bed isbubbling or wellstirred, the
thermal boundary layer is not present. Thus, heat
transfer coefficients at minimally fluidized conditions
cannot be directly related to coefficients at higher
superficial velocities; the overall results at minimum
fluidization can be directly related to results at lower
velocities, in packed beds, where the thermal boundary
layer does exist.

25
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I

2
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I
1.5

o 0 0 000
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Figures 13-15 show the comparison between the
model and the large particle (2600 Jlm) data of Staub et
al.for 1,5 and 10atm., respectively. Again the Catipovic
and Staub models are included; at increasing pressures
the latter models give progressively worse agreement
with the data. Reasonable agreement between the
model and data of Chandran et al. [19] is shown in Fig.
16.The greater disparity at low superficial velocities is
due to lower bubbling rates and longer residence times
which allow the particle temperature to change
appreciably while contacting the surface.

Data of Botterill and Denloye [20] for maximum
heat transfer coefficients (measured for two size ranges
ofsand at several bed pressures) are compared with the
model in Fig. 17.If the particles are taken to be rough,
the model fits the data well.

U/U""

FIG.16.Ratio of Chandran's experimental data [19] to model
prediction of average Nusselt number; 158011m particles.

Acknowledgements-The work reported by the authors was
done under sponsorship by the United States Department of
Energy and the National Science Foundation.



Heat transfer in large particle fluidized beds 1319

REFEREr-<CES

1. N. A. Decker and L. R. Glicksman, Conduction heat
transfer at the surface of bodies immersed in gas fluidized
beds of spherical particles, A.I.Ch.E. Symp. Ser. 77 (208),
341-349 (1981).

2. R. R.Cranfield and D. Geldart, Large particle fluidisation,
Chern. Engng Sci. 29, 935 (1974).

3. N. M. Catipovic, Heat transfer to horizontal tubes in
fluidized beds: experiment and theory, PhD Thesis,
Department of Chemical Engineering, Oregon State
University (1979).

4. J. C. Chen, Heat transfer to tubes in fluidized beds,ASME
paper No. 76-HT-75 (1975).

5. R. Chandran, Local heat transfer and fluidization
dynamics around horizontal tubes in fluidized beds,
PhD Dissertation, Lehigh University, Bethlehem, PA
(1980).

6. N. I. Gelperin and V.G. Einstein, Heat transfer in fluidized
beds, in Fluidization (edited by J. F. Davidson and D.
Harrison). Academic Ptess,London (1971).

7. E. U. Schliinder, Warmeubergang an bewegte
Kugelschuttungen bei kurzfristigem Kontakt, Chernie­
lnqr-Tech. 43, 651 (1971).

8. J. S. M. Botterill and J. R.Williams, The mechanism of
heat transfer to gas-fluidized beds, Trans. Inst. Chern.
Enqrs41,217 (1963).

9. J. D. Gabor, Wall-to-bed heat transfer in fluidized and
packed beds, Chern. Engng Progr. Symp. Ser. 66 (105), 76
(1970).

10. D. Gloski, An experimental study of the transient
particle-wall thermal contact resistance in fluidized and
packed beds, M.S. Thesis, Department of Mechanical
Engineering, MIT (1981).

11. S. Yagi and N. Wakao, Heat and mass transfer from wall
to. fluid in packed beds, A.I.Ch.E. JIS, 79-85 (1959).

12. D. A. Plautz and H. F.Johnstone, Heat and mass transfer
in packed beds, A.I.Ch.E. JII, 193-99 (1955).

13. S. Yagi and D. Kunii, Studies on heat transfer near wall
surface in packed beds, A.I.Ch.E. J16, 97-104 (1960).

14. A. P. Baskakov, O. K. Vitt, V. A. Kirakosyan, V. K.
Maskaev and N. F. Filippovsky, Investigation of heat
transfer coefficient pulsations and of the mechanism of
heat transfer from a surface immersed in a fluidized bed, in
La Fluidisation et ses ApplicatiollS, pp. 293-302. Soc.
Chim. Ind. (1974).

IS. R. L. Adams and J. R. Welty, A gas convection model of
heat transfer in large particle fluidized beds, A.I.Ch.E. JI
25,395 (1979).

16. J. A. Valenzuela and L. R. Glicksman, Gas flow
distribution in a bubbling fluidized bed, presented at
A.I.Ch.E. 74th Annual Meeting, Fundamentals of
Fluidization and Fluid Particle Systems, New Orleans
(1981).

17. W. M. Kays, Concectite Ileat and Mass Transfer.
McGraw-Hill, New York (1966).

18. F. W. Staub, R. T. Wood, G. S. Canada aru.! M. N.
McLaughlin, Two phase flow and heat transfer in
fluidized beds, Final Technical Report to E.P.R.I., Report
SRD-78-103, General Electric, Schenectady, New York
(1978).

19. R. Chandran, J. C. Chen and F. W. Staub, Local heat
transfer coefficients around horizontal tubes in fluidized
beds, J. Ileat Transfer 102, 152 (1980).

20. A. E. Denloye and J. S. M. Botterill, Bed to surface heat
transfer in a fluidized bed oflarge particles, Powder Tech.
19, 197 (1978).

TRANSFERT THERMIQUE DANS LES LITS FLUIDISES A GROSSES PARTICULES

Resume-t-Un modele base sur la physique est propose pour Ie transfert thermique ades surfaces irnmergees
dans des lits fluidises agrosses particules. Celles-ci se distinguent par des constantes de temps sensiblement
plus grandes que leur temps de sejour ala surface d'echange thermique. Dans les conditions operatoires d'un
foyer alit fluidise, sont "larges" les particules d'un millimetre ou plus. La conduction avec Iegaz pres des points
de contact solide et la convection par l'ecoulernent intersticiel contribuent au transfert thermique pendant Ie
contact de l'ernulsion (ou phase dense). Quand la taille de la particule augmente Ie transfert thermique par la
convection cree un plus grand transfert global. On montre que la composante de convection du gaz n'est pas
simplement reliee ala convection globale dans un lite fixe ou legerernent fluidise. Le modele montre un bon

accord avec les donnees en provenance de plusieurs sources.

WARMETRANSPORT IN FLIESSBETTEN MIT GROSSEN PARTIKELN

Zusammenfassung-Es wird ein physikalisch begnindetes Modell fur den Wiirmetransport an den
eingetauchten Oberfliichen in Fliel3betten mit grol3en Partikeln vorgeschlagen, Als grol3e Partikel werden
solche bezeichnet, deren thermische Zeitkonstante wesentlich grol3er als ihre Verweilzeit an einer
Wiirmeaustauschlliiche ist. Unter den typischen Betriebsbedingungen einer Feuerung nach dem
Fliebbettverfahren sind demnach Partikel von I mm Grol3e und mehr als grol3 zu bezeichnen. Sowohl
die Wiirmeleitung des Gases an Beriihrungspunkten der Partikel als auch die Konvektion des strornenden
Gases in den Zwischenriiumen tragen zum Wiirmetransport wiihrend des Schichtkontaktes (oder in
der dichten Phase) bei. Mit zunehmender Partikelgrolle wachst der Anteil der Gaskonvektion am
Wiirmeiibertragungsvorgang. Es wird gezeigt, dal3 der Anteil der Gaskonvektion im Fliel3bett nicht in
einfacher Weise mit der gesamten Gaskonvektion in einem Festbett oder einem ruhenden Fliel3bett

zusammenhangt. Das Modell liefert gute Ubereinstimmung mit Daten verschiedener Quellen.
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TEnJIOnEPEHOC B nCEBLlOmIUDKEHHblX CJI05IX KPynHbIX 4ACTHU

AIIIIOTaQHIl-npe;UO)l(ella <pIlJlPleCKIl ofiocnoaannax xro.nens Mil pacsera rennorrepcnoca K
noaepxnocraxi, norpyxeunsm B ncenaooxuxeuuue C.l011 xpynuux '1aCTIlU. «Kpynnsnuu C'IIITB10TCli
raxne '1BCTIIUbI, Jlla'leIlllli 'rennoaux spexrennsrx KOIlCTallT Mll KOTOpblX 3Ua'lIlTeJlbUO npessnuaior
spevrs IlX npefistsamra ua nOBepxlIOCTIl rennoofixreira. Ilpn 06bI'IlIblX pafiosux pexnxrax B xaxsepe
cropanns C nCeBJlOO)l(II)1(ellllbI~1 C.l0e~1 '1aCTIIUbI pasxsepoxr I M~I II ssnue csurarorcs «xpynmaxnr».
Ilepenasa 'renna TenJlOnpOBOnHOCTl>1O xepea raa y TO'leK KOUTaKTa '1aCTlIU II xoasexuxeit aa C'IeT
Te'lellllll rasa B saaopax ~Ie)l(ny IIII~III YCIIJlIIBBIOT TemlOnepeuoc. n pu yaemrremm pasxrepa '1BCTIIU
nons nepenoca TenJla aa C'IeT KOIlBeKUlII1 sospacraer. Orxrexeu cno)l(llblii xapaxrep aanncnsrocrn nonn
KOHBeKTlIBHOrO nepenoca Ten1la OT KOHBeKUll1l raaa B nnornoxt 111111 ycrotisuso nceBJlOO)l(II)1(eIllIO~1

cnoe. Floxaaano, 'ITO Mone.lb xopouro cornacyercx CilallHbI~1II zipyrux aBTopOB.




